Simulation of Desulfurization in a
Fluidized-Bed Limestone Reactor

One of the most promising techniques of sulfur dioxide
removal from flue gas is sorption using a fluidized bed of lime-
stone. Two commonly considered schemes are the passing of
combustion gases through the fluidized bed of limestone or actu-
ally burning fuel, e.g., coal, within such a bed (Ziclke et al.,
1970). Although the latter alternative seems to be more attrac-
tive and has been under intensive investigation (Horio and Wen,
1976; Zheng et al., 1982) the former scheme is also desirable
since it can be designed to operate in conjunction with existing
combustors. Recently, Wormser Engineering, Inc. (Kaplan,
1982) has developed a two-stage fluidized-bed coal combustor
with the bottom stage being the coal combustor and the upper
stage the limestone desulfurization reactor. The design appears
to provide easier temperature control and better desulfurization
efficiency compared to a single-stage, fluidized-bed coal-lime-
stone combustor.

The objective of this study was to model and simulate a fluid-
ized-bed limestone desulfurization reactor by coupling a grain
model for reaction kinetics with a fluidized-bed model based on
the two-phase theory. The stack gas from a combustor contain-
ing sulfur dioxide was used as the fluidizing gas. The effects of
the gas and solid flow rates, bed height, limestone properties,
and operating temperature on the desulfurization efficiency
were investigated.

Mechanism

The mechanism of the desulfurization reaction involves two
consecutive steps, calcination of calcium carbonate followed by
reaction of calcium oxide with sulfur dioxide, i.e.,

CaCOJ(:) — CaO(,) + COZ(g) [I]
and
1
CaO(_‘) + 802(3) + E Ol(g) - CaSO4(,) [II]
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It has been observed that reaction [ is usually fast at high tem-
perature; however, reaction II decreases its reaction rate rapidly
as sulfation proceeds.

Mathematical Formulation

The simulation model developed in this study included a grain
model and a fluidized-bed model. The grain model is useful for
analysis of a reaction involving a gas reactant and porous par-
ticles. It generates the conversion data with respect to reaction
time within a particle. The grain model used is essentially the
one proposed by Hartman and Coughlin (1976) and is not
described here.

Fluidized-bed model

The fluidized-bed model proposed is based on the two-phase
theory and is designed for large particle systems (d, > 1 mm).
The model has the following assumptions:

1. The bed is composed of two phases, the bubble and the
emulsion phases.

2. The volumetric flux through the bubble phase is constant
throughout the bed, and the rest of the gas flows through the
emulsion phase.

3. The gaseous reactant disappears according to a first-order
reaction

1 dN,

Vsolid di

= KICA (1)

Based on these assumptions, steady state material balances on
the gaseous reactant 4 in the bubble phase and emulsion phase
have the following forms:

dcC 6
d;” - - I—,;K,,e(cAb - Ca)

(2)
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and

dC,, 6
= ———— [ Kp(Cyp —
dl U“ VB be( Ab CAe)
1 -8 -
S0 =90 - ay) )(6 @) gc.| G
with boundary conditions
CAb = CA! = CA.O at 1 = 0 (4)

The parameters appearing in the above equations are evaluated
by the following equations:
1. The bed fraction of bubble phase, 4, is determined by

L
6=1- T"'f (5)
f
where, L;/L,,is given by (Babu et al., 1978)
i =1 N 1.9544(U _ Umf) 0.738d;.006p2.736 (6)
me U?';}:W pg.126

2. The average volumetric flux of gas through the bubble
phase, Vy, is determined by (Cranfield and Geldart, 1974)
Vg = 0333 (U = Upy)"'L;® (N

3. The minumum fluidization velocity, U,,, is evaluated by
(Wen and Yu, 1966)

2

3 B 0.5
GUnps _ [(33.7)2 +0.0408 w} ~ 337 (8)
i

4. The average bubble size of the bed, d,, is calculated by
(Mori and Wen, 1975)

dy = dyy — M[l — exp (%317)] )

0.3L, ,
where
dyy = 0.652 [A(U — U, )1** (10)
and
dyo = 0.347 [(U — U, /n)™ (11

5. The gas interchange coefficient, K,,, is determined by
(Davidson and Harrison, 1963)

Um Dg.5g0.25

(12)
‘ Given a reaction rate constant, K,, the gas concentrations in
the bubble and emuision phases, C,, and C,,, can be solved
numerically from Eqgs. 2 and 3 coupling with Egs. 5~12. The
mean concentration of the gaseous reactant 4 in the emulsion
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phase and in the exit gas stream are then calculated by

_ 1 L
C, =— / d,
we g J Y Cudl (13)
and
— U -V, V,
Ciy= 2 Cey + UB Cans (14)

The overall conversion of the gas reactant is then evaluated by

(_jA\f
Xy=1--2
A Cao

(15)

It is worth pointing out that if the reaction rate constant X,
appearing in Eq. 3 is a known value, the fluidized-bed model
described above is sufficient to give a complete description of the
reactor performance. However, since the desulfurization reac-
tion between limestone and sulfur dioxide is complex, a sophisti-
cated kinetic model such as a grain model is required.

Simulation model

Figure 1 shows a fluidized-bed limestone desulfurization
reactor under consideration. In addition to the assumptions
stated previously, the following assumptions were made in the
simulation:

1. The reactor is under steady state operation.

2. The limestone particles are of uniform size and are com-
pletely mixed in the bed.

3. No elutriation of particles occurs.

Following these assumptions, an iterative computational
scheme was proposed that treated the reaction rate constant XK,
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Figure 1. Diagram of fluidized-bed desulfurization reac-
tor.
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Table 1.

Typical Sets of Input Data

Variable Set 1 Set 2 Set 3 Set 4 Set S Set 6 Set 7 Set 8
W Stone*
a a a a b b b c

ers 0.0 0.0 0.0 0.0 0.1 0.1 0.1 0.0
Pis 2.71 2.71 2.71 2.71 2.86 2.86 2.86 2.78
Yee 0.982 0.982 0.982 0.982 0.555 0.555 0.555 0.680
Yume 0.0 0.0 0.0 0.0 0.344 0.344 0.344 0.04
Xe 1.0 1.0 1.0 1.0 1.0 1.0 1.0 0.89
e, 0.52 0.52 0.52 0.52 0.56 0.56 0.56 0.315
ry x 10° cm 1.0 1.0 1.0 1.0 2.0 1.0 0.6 2.0
T.K 1123 1123 1123 1088 923 1033 1143 1088
d,,cm 0.0565 0.09 0.112 0.1095 0.0096 0.0096 0.0096 0.1095
Co x 10* mol/cm’ 3.2 3.2 32 5.6 29 29 2.9 5.6

*a, Limestone VI (Hartman and Couglin, 1974, 1976).
b, Dolomite 1351 (Borgwardt, 1970).
¢, Greer limestone (Ulerich, 1977).

in Eq. 3 as a parameter. The calculation procedures are
described below.

1. Input data. Typical sets of input data are summarized in
Table 1.

2. Assume initial value for X, .

3. Calculate X, ;and C,, from the fluidized-bed model, i.e.,
solving Eqgs. 2—-15 using the Runge-Kutta method.

4. Apply the grain model to determine the conversion of lime-
stone particle X as a function of residence time # with C,, calcu-
lated in step 3 being the bulk concentration of SO, .

5. Determine the mean conversion of the limestone in the
limestone exit stream, X, by

X, =~ f " XW(DE (1) dt (16)

Notice that the residence time distribution of the particles, E (¢),
is given by

1 -
E(t) = ;_e"/’ (17)
according to assumption 2, and 7 is expressed as
- W
= —
Fy
_ LAl ~ s (18)

£y

6. Estimate the overall conversion of SO,, X, from X,
using the following material balance equation

FoyecXe —

Xp = UACy0X'ys (19)
MCO

7. Compare X4, calculated from step 3 with X, , calculated
from step 6. If they are not identical, determine a new trial value
for K, using Muller’s method (Gerald, 1978) and repeat steps 2
through 7.
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8. Stop when X, and X', ; are identical. The criterion used
was | X, — Xy ] <1072

Results and Discussion

Figure 2 shows a typical set of the simulation results where
the effects of SO, concentration and the U/U,, ratio on the
desulfurization efficiency, X/, are presented. The figure indi-
cates that the desulfurization efficiency is lower at higher U/U,,,
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Figure 2, Effect of inlet SO, concentration on desulfuri-

zation efficiency at various U/ U, ratios.
Limestone VI. d, = 0.1205 cm; T = 1,123 K; U, = 48.88 cm/:;
L,=30cm;¢=20h; D, =50cm; n; = 1.5.
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Figure 3. Effect of inlet SO, concentration on desulfurization efficiency at various Ca/S ratios.
Limestone V1. d, = 0.1205 cm; T = 1,123 K; U/U,,; = 2.0; L,,; = 30 cm; D, = 50 cm; ny = 1.5,
Curves 1, 2: two-phase model; curves 3, 4: stirred-tank model.

and higher inlet SO, concentration. The results shown are
expected since it contains more SO, at higher U/U,,-and higher
Cso,0- The higher SO, content causes the Ca/8S ratio to drop,
which in turn causes the desulfurization efficiency to decrease.
It has been discovered through this study and other previous
studies (Horio and Wen, 1976; Zheng et al., 1982) that the
Ca/S ratio is the most critical parameter governing the reactor
performance. Once the Ca/S ratio is fixed, the other parame-
ters, such as T, Cgo, 0, d,, and other limestone properties, affect
the desulfurization efficiency only moderately or slightly. No-
tice that the Ca/S ratio is a function of Csg,0, U, F,, and the

limestone properties. It can be formulated as

Ca molCa L, (1 — ey)pisyec

= _ - - 20
S mol S MCCtCSOz,OU ( )

The variations in the desulfurization efficiency as a function of
Ca/S ratio are shown in Figures 3 through 5.

Figure 3 plots the desulfurization efficiency vs. the Ca/S
ratio with Cgg, o as the parameter. The results from this figure
indicate that, at the same Ca/S ratio, the inlet SO, concentra-
tion affects the efficiency only slightly; a higher concentration
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Figure 4. Effect of temperature on desulfurization efficiency at various Ca/S ratios.
Limestone V1. d, ~ 0.1205 cm; Cso,0 = 3.2 x 107 mol/em®;, U/U,; = 2.0; L, = 30 cm; D, = 50 cm; n, = 1.5.
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Figure 5. Effect of particle size on desulfurization efficiency at various Ca/8 ratios.
Limestone VI. T = 1,123 K; Cso,0 = 3.2 x 10~ mol/cm’; U/U,, = 2.0; L, = 30 cm; D, ~ 50 cm; n, ~ 1.5.

corresponds to a higher efficiency. Also plotted on the figure are
results from a mixed-tank model. As indicated, the two models,
i.e., two-phase model and mixed-tank model, essentially predict
the same results at low to medium Ca/S ratios. The mixed-tank
model, however, predicts lower desulfurization efficiency at
relatively high Ca/S ratios. Figure 4 shows the effect of operat-
ing temperature on the desulfurization efficiency under a fixed
Ca/S condition. These results indicate that temperature affects

the efficiency only slightly. The results show that the efficiency
reaches 80% at Ca/S = 1.9. The effect of limestone size on the
desulfurization efficiency is shown in Figure 5. As indicated in
the figure, the particle size has a moderate effect on the effi-
ciency; a smaller particle size gives a better desulfurization effi-
ciency. The two types of limestone used in this simulation have
little effect on the desulfurization efficiency, as can be seen in
Figure 6.
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Figure 6. Comparison of desulfurization efficiency of limestone VI and Greer limestone.
d, = 0.1205cm; T = 1,123 K; Cs0,0 = 3.2 x 107 mol/em®; U/U,,, = 2.0; L,,=30cm;n,=1.5,
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Although it is not shown in the figures, it has been found that
the reactor hydrodynamics, e.g., bed height, bubble size, and
number of holes in the distributor, have little effect on the desul-
furization efficiency. This is due to the fact that the desulfuriza-
tion reaction is a slow reaction (Fogler and Brown, 1981). It is
worth pointing out that the EPA standard for new coal-fired
plants of 1.2 Ib SO,/MBtu (0.54 kg/MJ) of fuel burned, which
corresponds to about 81% desulfurization for a 3.5% sulfur coal,
can easily be met in a fluidized-bed limestone desulfurization
reactor, as indicated in the simulation resuits.

Notation

A, = cross-sectional area of bed, cm?®
C, = concentration of reactant gas A in the bed, mol/cm®
C 4 = concentration of reactant gas A4 in gas bubble, at a given level in
bed, mol/cm?
C,.. = concentration of reactant gas A4 in emulsion phase at a given
level in bed, mol/cm®
Cho= conjcentration of reactant gas A4 in entering gas stream, mol/
cm
C 4 = exit gas concentration from bubble phase, mol/cm?
C4. s = exit gas concentration from emulsion phase, mol/cm’
Ci = me§1n concentration of reactant gas A4 in emulsion phase, mol/
cm
Cy s= me:Jm concentration of reactant gas A in exit gas stream, mol/
cm
Cso,.0 = concentration of SO, in entering gas stream, mol/cm?
Gy = con}centration of reactant gas outside spherical particle, mol/
cm
D, = molecular diffusion coefficient of gas, cm?/s
D, = diameter of the fluidized bed, cm
d, = average bubble dia., cm
dyp = initial bubble dia. at distributor, cm
dyy = maximum bubble dia. due to total coalescences of bubbles, cm
cm
d, = dia. of particle, cm
E(t) = exit age distribution function, s~
e, = porosity of calcined limestone
e,s = porosity of raw limestone
Fy = feed rate of solids, g/cm
g = gravitational acceleration, cm/s?
K,, = overall coefficient of gas interchange between bubble phase
and emulsion phase based on volume of bubbles, s~
K, = reaction rate constant in Eq. 3,s™!
L; = expanded bed height, cm
L, = bed height at minimum fluidizing conditions, cm
I = elevation above the distributor, cm
M = molecular weight of C,COs, g/mol
M, = molecular weight of CaO, g/mol
N, = moles of reactant 4
n; = number of holes per unit area of perforated distributor, holes/
cm?
r, = radius of grain, cm
T = temperature, K
! = time, s
t = mean residence time of solids in the bed, s
U = superficial gas velocity (measured on an empty bed basis)
through a bed of solids, cm/s
U, = superficial gas velocity at minimum fluidizing conditions,
cm/s
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Vioiia = solid volume, cm?
Vs = volumetric flux through bubble phase, cm*/em? - s
W — total weight of solids in bed, g
X4 = overall conversion of reactant gas A4 in exit gas stream
Xp(t) = conversion of CaO with residence time between r and ¢ + dt
Xz = mean conversion of CaO in limestone exit stream
Xc = total fraction of CaCQ, converted to CaO and CaSO,
X,y = extent of calcination of MgCO,
Ycc = content of CaCQ, in limestone, weight fraction
Yuc = content of MgCO; in limestone, weight fraction

Greek Letters

& = bed fraction of bubble phase
&, = void fraction at minimum fluidizing conditions
u = viscosity of fluidizing gas, g/cm - s
p, = density of fluidizing gas, g/cm®
ps = true density of raw limestone, g/cm’
p, = true density of porous particle, g/cm’
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